a b s t r a c t
Particle reactor concepts have been suggested for the implementation of two-step solar thermochemical redox cycles due to several inherent advantages such as new heat exchanger concepts, flexibility of the reactor design, fast reaction kinetics due to high surface area of the reactive medium, and resistivity to thermal shocks. Further, heat recuperation from the solid phase has been shown to be crucial for the achievement of high efficiencies using reactive material undergoing nonstoichiometric redox reactions at different temperature levels. It is therefore of interest to investigate the potential for heat recuperation from the solid phase of the reactive material for reactor concepts based on particles. We present a model of a generic double-walled heat exchanger for the counter-flow of reduced and oxidized particles, where heat is transferred from the hot to the cold particles through a separating wall, which prevents mixing of the atmospheres. The upper and lower bound for the performance of the heat exchanger of perfectly mixed und unmixed beds are evaluated. Heat transfer in the particle beds and between the beds and the separating wall is described with published models, and the results are compared with experimental data from the literature. A parameter study is performed on a chosen system implementation with a size of recent laboratory demonstrations, where entry temperatures, geometries and residence times of the particles in the heat exchanger are varied. It is found that heat exchanger effectiveness is maximized for higher entry temperatures and for optimum values of the geometry and residence time balancing enhanced heat transfer between the particle beds and increased losses to the environment. Heat exchanger effectiveness reaches values of over 50% for unmixed beds and over 80% for perfectly mixed beds for an optimal choice of parameters. Effectiveness can be significantly enhanced through radial mixing of the beds, as the main limitation of heat transfer through the beds is reduced. 
Introduction
Liquid hydrocarbon fuels are ideally suited for transportation applications due to their high specific energy, energy density and because they allow large power densities. However, concerns about their long-term availability and their impact on the climate have led to a search for alternatives, where long-range air travel is likely to rely on liquid hydrocarbon fuels also in the future. The use of solar energy for the production of a renewable fuel, which is at the same time compatible with the infrastructure in use today appears to be a desirable solution to the challenges associated to conventional fuels [1, 2] . Many different fuel options based on solar primary energy exist, e.g. biofuels, solar electrochemical fuels, or solar thermochemical fuels. In recent implementations of the solar thermochemical pathway, synthesis gas (a mixture of hydrogen and carbon monoxide) is produced by two-step redox reactions with a metal oxide, where ceria has shown high experimental efficiencies to date [1, [3] [4] [5] [6] with the recent achievement of above 5% [7] . This value has been achieved in a cavity reactor using ceria in the form of a reticulated porous ceramic without heat recuperation. However, for the achievement of higher efficiencies, the implementation of heat recuperation from the solid and gaseous phase is imperative [8, 9] . Different approaches for heat recuperation have been suggested in the literature, e.g. from the solid phase in cylindrical geometries of reactive material with or without inert material for heat exchange [10, 11] , a counter-flow of hot and cold reactive material in a chamber system for radiation heat exchange [9] , by direct contact of particles with a heat exchange medium of similar morphology that can be separated by their different diameters [12] , by counter-flow of reduced and oxidized particles in a double-walled geometry [13] , from the gaseous phase using reticulated porous alumina in a counter-flow configuration [5, 14] , or by using the heat in thermochemical energy storage media [15] . In the suggested concepts, the reactive material is usually either in the form of porous structures such as reticulated porous ceramics (RPC) [16] or in the form of particles [13] . Porous structures have enabled robust experimental campaigns, while particles offer certain advantages such as a larger flexibility in the reactor design, high heating rates [17] , resistivity to thermal shocks, a high surface-to-volume ratio, sealing between the reaction chambers, or the internal mixing of reactive material aiding thermal diffusion, besides others. lower entry temperature into heat exchanger, equals oxidation temperature p particle rad radiation s reactive material sb in particle bed wp wall-particle ws wall-surface of particle bed discussed e.g. for CSP plants to raise the temperature of the heat transfer medium towards 1000°C [18] [19] [20] and thus to increase effectiveness of the thermodynamic cycle, for thermochemical syngas production with particles falling through an indirectly heated tube in counter-flow with argon [17] , particles moving in counter-flow between the reaction chambers to exchange heat [13] , for the dissociation of ZnO-particles in a rotating cavityreceiver [21] , for the conversion of a methane flow laden with carbon black particles to carbon and hydrogen [22] , for an internally circulating fluidized bed of ferrite particles for syngas production [23] , as a heat storage medium providing high-temperature heat in a solar Brayton cycle [15, 24] , and for CO 2 removal from a gas stream by CaO-carbonation and CaCO 3 calcination [25] . So far, the number of publications regarding the performance potential for solid-solid particle heat exchange in solar thermochemical cycles is limited [5, 13, 14] . Given the potential advantages of solid-solid particle heat exchange, it is of high interest to analyze their performance limits in more detail. In the following, we consider a particle heat exchanger for a two-step ceria redox cycle which, operates between a reduction temperature of 1800 K and an oxidation temperature of 1000 K, where these temperatures are defined to be the inlet temperatures to the heat exchanger. Based on a size that corresponds to recent laboratory experiments of 4 kW solar input power [7] , a generic model is presented of a counter-flow particle heat exchanger, where heat is transferred from the hot reduced particles to the cold oxidized particles in a concentric tubular geometry. Upper and lower heat exchanger effectiveness are evaluated based on the assumptions of no mixing and perfect mixing (perpendicular to the particle bed movement) of each of the particle beds with a sensitivity study of the heat exchanger geometry, entry temperatures and residence times. A high potential for heat recuperation is found, which is maximized for specific geometries and residence times of a perfectly mixed bed towards high inlet temperatures.
Model description
A particle heat exchanger is modeled for a two-step thermochemical redox cycle (see Fig. 1 ). Particles from the oxidation chamber are fed to the bottom of the outer tube of the heat exchanger, inducing an upward movement of the packed bed of oxidized particles. When reaching the top, the oxidized particles fall into the annular section of the inner tube of the heat exchanger and are directly irradiated by solar energy. After moving through the heat exchanger, the reduced particles are removed from the bottom and inserted into the oxidation chamber, where they are contacted with H 2 O, CO 2 , or a mixture thereof, to produce syngas.
The system boundary comprises only the heat exchanger, where the temperatures of the particles entering the heat exchanger are assumed to be the reaction temperatures, i.e. 1800 K for the hot reduced particles and 1000 K for the cold oxidized ones. The heat exchanger consists of a double-walled tube, where the oxidized cold particles are elevated in an outer packed bed and the reduced hot particles are moving in a counter-flow packed bed on the inside. High temperature particle transport could be performed through an elevation mechanism based on a bucket elevator or the Olds elevator [26] , which has been demonstrated to work at high temperature and under vacuum pressure [27] . Alternatively, a feeder based on a reciprocating piston with a detention mechanism could be imagined. Other more complicated geometries can be analyzed once the lift mechanism is known. For a detailed design of the particle flow, possible limitations due to interlocking arching (for large particles mechanically interlocking) or cohesive arching (for small particles bonding together) have to be taken into account, which goes beyond the scope of this analysis. As was already observed for RPC metal oxide [28] , heat diffusion in the reactive material is a limiting factor for heat exchange. Therefore, to improve the heat exchange, an inert cylindrical centerpiece is added to force the reduced particles into a hollow cylinder, which reduces the bed thickness. In this way, the volume of particles far from the heat exchange surface is minimized and the required length of heat diffusion within the particle bed is reduced.
For the baseline of the model, a size corresponding to recent laboratory experiments with a solar input power of 4 kW is chosen [1, 3] . An implementation of the heat exchanger is then defined according to the required mass flow of material and used as the baseline defined below. The following materials and design parameters have been used for the modeling. The heat exchanger wall is a solid domain and made from Inconel 600 at a thickness of 0.003 m. The insulation between the outer wall and the moving bed of oxidized particles is a porous domain made from Al 2 O 3 at a thickness of 0.1 m. The separating wall between the moving beds of particles is a solid domain from (non-porous) Al 2 O 3 at a thickness of 0.003 m. The separation between the beds provides sealing with respect to evolving gases and should otherwise have a high thermal conductivity to facilitate heat exchange. Non-porous Al 2 O 3 is therefore chosen as it is suitable for the process temperatures and provides a seal for the gases. The inner tube at the center of the heat exchanger has a diameter of 0.04 m and is made from porous Al 2 O 3 to provide insulation. Alumina was chosen because a successful use with ceria was demonstrated in recent experiments [1, 3, 7, 16] . The chosen diameters of the moving beds fulfill conservation of mass flux and velocity, i.e. the mass flow of oxidized particles is equal to the mass flow of reduced particles. The moving beds of particles are modeled as porous domains. Heat is transferred mainly by radiation and conduction inside of the moving beds, and between the beds and the adjacent domains, where convection has only a minor contribution [29] . In the solid domains, heat is transferred by conduction only. Heat is lost from the reactor walls to the surroundings by convection and radiation. At the top end of the heat exchanger where solar energy is incident on the particles, a fixed temperature is chosen for the reduced particles. The inlet temperature to the heat exchanger at the bottom is assumed to be equal to the oxidation temperature.
Governing equations
In the following, the governing equations for the description of heat transfer in the computational domains are introduced.
Porous insulation
In the porous insulation, heat is transferred by conduction and radiation. The application of the Rosseland diffusion approximation leads to an overall thermal conductivity, which is comprised of the sum of a radiative and a conductive part. The overall conductivity is then used in the law of Fourier.
where b R is the Rosseland mean attenuation coefficient. The Rosseland diffusion approximation has been reported to diverge from the correct solution under anisotropic conditions [30] . Due to the proximity of particles and wall, the anisotropy is expected to be lower than at a solid-fluid boundary. The heat transfer at the boundary of the particle beds is specifically addressed in the model by the introduction of a heat transfer coefficient between bed and adjacent wall.
Particle bed domains
For the description of thermal energy transfer between the surrounding walls and the beds of particles, the model proposed by Schlünder [31] is used, which is presented in the following. In the model, an expression for the heat transfer coefficient a is found, which allows the description of the heat flow between the wall and the bed according to
The overall conductivity a for thermal energy transfer between the wall and the adjacent bed of particles is then related to the single conductivities a ws and a sb , describing heat transfer at the boundary of the wall and the particle bed and heat transfer in the particle bed, respectively.
The detailed description of the heat transfer coefficients can be found in the Appendix A.
For the description of heat transfer in the particle bed, the model after Zehner, Bauer and Schlünder [32] is used, which gives an expression for the thermal conductivity of the bed k bed , which can then be used in the law of Fourier. In this model, a representative unit cell of the particle bed is analyzed, which is comprised of a cylindrical core with two opposing particle halves, and a fluid layer surrounding the core. The incorrect assumption of parallel heat flow lines is sought to be corrected by simulating spherical particles with non-spherical particles [32] . The model is used in its more complicated form including the effects of radiation, pressure dependency, and heat transfer through non-spherical particles. A detailed description can be found in the Appendix A. 
Porosity of particle beds
The porosity of fixed particle beds in cylindrical geometries was analyzed by Pushnov [33] who found a functional dependence on the diameter of the cylindrical enclosure D and the particle diameter d.
with A = 1.0, B = 0.375, and n = 2 for spherical particles [33] . The formula is used here with the diameter D equal to the thickness of the annular rings. Due to the condition of mass conservation, the radial dimensions of the hot and cold particle beds differs, which causes the porosity of the beds to deviate slightly, as well.
Boundary conditions
Energy is transferred by radiation and convection from the reactor wall to the surroundings, which are assumed to have a temperature of 300 K.
The subscripts ''wall" and ''0" denote the reactor wall and the surroundings, wall is the emissivity of the reactor wall, and a conv is the convective heat transfer coefficient from the reactor wall to the surroundings, which is derived from the following Nusselt correlation for a vertical cylinder [34] .
Due to the rotational symmetry of the cylinders, only a twodimensional slice of the geometry is modeled and a symmetrical boundary condition is chosen at the center of the computational domain of the hot particle bed.
Material properties
The emissivity, thermal conductivity, specific heat capacity, and density of the reactor wall made from 3 mm Inconel 600 are taken from [35] . The emissivity of the Al 2 O 3 -SiO 2 insulation is from [36] , its radiative extinction coefficient from [37] , its effective thermal conductivity and density from [38] , and its specific heat capacity from [39] . The emissivity of the ceria particles is taken from [36] , the thermal conductivity from [40] , the density from [41] , and the specific heat capacity from [42] . The thermal conductivity of oxygen is from [43] .
Numerical solution
The pseudo-transient continuation method is used to approximate the steady state of the heat exchanger in operation. The finite volume method is used for the spatial discretization of the energy conservation equations, subdividing the computational domain into a number of layers in radial and axial direction with constant properties at the cell centers. The energy conservation equations with two-dimensional heat transfer and temperature dependent thermal conductivities are then written for the whole computational domain giving a system of coupled non-linear equations. Using the boundary conditions shown above, the system of equations is solved for each time step with the implicit Euler method in Matlab. A grid convergence study is performed to determine the number of computational layers in the insulation and the reactive material. 100 layers in the radial direction are chosen for the particle beds, 10 for the insulation, and 120 in the axial direction in the baseline case.
Mixing of particle beds
There exists a critical time where the heat transfer from a wall to an adjacent particle bed changes from being dominated by the heat transfer from wall to bed surface (described by a ws ) to the one from bed surface to the bulk of the bed (described by a sb , see Section 2.1.2, [31] ). In the latter regime, a temperature gradient is developing in the particle bed as a function of time, which leads to a reduction of the heat transfer coefficient from bed surface to bulk a sb and the overall heat transfer is deteriorated. A method to enhance overall heat transfer is mixing the beds of particles, which distributes the energy throughout the bed and leads to a more uniform temperature distribution. In case of perfect mixing, the bed assumes the caloric mean temperature in radial direction, the heat transfer coefficient from bed surface to bulk a sb becomes infinite and the overall heat transfer is again described by a ws (see Eq. (4)). In case the beds are not mixed, a sb has a finite value, which defines the heat transfer. Depending on the implementation of the heat exchanger and therefore the level of mixing in the beds, the overall heat transfer coefficient will be between a sb and a ws , and the heat exchanger effectiveness will have an upper and a lower limit. In the following analysis, both limits are shown, where perfect mixing refers to mixing in the direction perpendicular to the movement of the beds. Active mixing of the particles may be achieved through the rotation of fins, by the introduction of gas streams, or by vibrations to the heat exchanger [44] , while the particle elevation mechanism is likely to cause mixing of the particles, as well. In the case of perfect mixing, the bed assumes the radially averaged temperature. The energy input for lifting and mixing the particles is estimated to be small compared to the energy output of the produced syngas.
Results
The model introduced above is used to investigate the influence of different parameters on heat exchanger effectiveness defined in Eq. (9) . The following parameters are investigated: reduction and oxidation temperatures (as entry temperatures into the heat exchanger), particle diameter, heat exchanger length, residence time, and radial dimensions of the particle beds. With the exception of entry temperatures, only a single parameter is varied while the others are kept constant according to the baseline case defined in the following.
Definition of heat exchanger effectiveness
The effectiveness of the heat exchanger is defined as the energy transferred to a certain mass of particles divided by the maximum energy that can possibly be recuperated. The heat exchanger effectiveness therefore describes the fraction of the total required thermal energy for cycling between the temperature levels of the chemical reactions that is recuperated by the heat exchanger. The transferred energy to the oxidized particles in the heat exchanger is found by integrating the (temperature dependent) heat capacity from the entry temperature T cold,in = T L to the exit temperature T cold,out,j and multiplying with the respective mass
where _ m j is the mass flow rate and T cold,out,j is the temperature of the j-th annular section of the topmost layer of the cold bed, _ m is the total mass flow rate ecti, c p is its specific heat capacity, and T L and T H are the temperatures of oxidation and reduction, respectively. In the baseline, the mass flow rate of particles is 0.01 kg s À1 .
Parameters for baseline case
The parameters for the baseline case are defined in Table 1 . The diameter of the cold particle bed is defined such that conservation of mass is fulfilled under the assumption of equal velocities of the hot and cold particle beds.
Entry temperatures into heat exchanger
The entry temperatures affect the heat exchanger effectiveness both by the altered temperature difference of the particle beds and the temperature dependence of thermal conductivities and heat transfer coefficients. In Fig. 2 , the heat exchanger effectiveness is shown as a function of entry temperatures, T L and T H . For the case of no mixing of the beds, it rises from below 23% at T H = 1500-1650 K to over 31% at T L = 1200 K and T H = 2000 K. If the beds are perfectly mixed, the effectiveness rises from 64% at T H = 1500-1600 K to 78% at T H = 1975-2000 K and T L = 1075-1200 K. The enhancement through mixing is therefore significant, indicating that heat transfer in the beds is limiting. In general, g he rises from the region of low entry temperatures to the region of high entry temperatures.
The overall heat transfer from the hot to the cold particle bed is defined by the temperature difference between the beds and by the resistances in the wall, in the particle beds and between particle beds and the wall, all of which are functions of temperature. For a non-insulating material, the resistance in the wall is comparably small and the main limitation for heat transfer is the resistance at the wall and in the beds. In case of mixing, the resistance in the bed is minimized and the limitation occurs at the surface between wall and beds, while in the case of unmixed beds the heat transfer in the beds is determining overall heat transfer. The heat exchanger effectiveness is therefore characterized by a trade-off between an increase of the difference of bed temperatures and an increase of the temperature dependent heat transfer coefficients. For the baseline case of the presented heat exchanger, effectiveness is maximized through an increase of the bed temperatures, which indicates that the enhancement of heat transfer coefficients in the beds and between the beds and the wall has a larger effect than the driving force of difference of bed temperatures.
Particle diameter
The particle diameter has an influence on the total surface area of the reactive material but only slightly changes the porosity, as in Eq. (5) the ratio D/d is large and the porosity is close to the constant 0.375. Besides mechanical behavior and therefore transport properties, an altered diameter has an influence on the thermal transport within the particle beds and between the beds and the adjacent walls. According to Tsotsas [45] , there exists a critical time at which the heat transfer between wall and adjacent particle bed changes from being dominated by heat transfer between wall and bed surface (described by a ws ) to heat transfer from the bed surface to the bulk (described by a sb ). Under the assumptions made for the baseline case, the critical time is on the order of seconds. Considering the total residence time in the heat exchanger, the main limitation to heat transfer between the unmixed beds is therefore expected from a sb and therefore from the effective thermal conductivity of the beds. Assuming a moving packed bed, heat is transferred in the bed mainly through conduction (in the gas phase and solid phase) and radiation. At higher temperatures, radiation dominates the overall heat transfer within the bed [32, 46] . As the radiative conductance term further depends on particle emissivity and diameter (Eq. (A.13)), larger particles are expected to enhance radiation and thus overall heat transfer. This is confirmed by experiments in the literature, e.g. by Chen and Churchill [46] who measured the effect of particle size on radiant conductivity of different materials such as glass, aluminum oxide, steel, and silicon carbide.
For perfect mixing, on the other hand, thermal conductivity in the beds approaches infinity and the heat transfer at the surface between the beds and the wall is limiting, which is deteriorated by an increase of particle size.
In Fig. 3 , the particle diameter is varied from 10 À6 m to 10 -3 m to determine its influence on the heat exchanger effectiveness for the cases with no mixing and perfect mixing of the beds. Towards smaller sizes of the particles the tendency for the development of interlocking arches is increased, which may reduce the applicability for particle flow. These sizes are nevertheless included to demonstrate the influence on heat transfer. As expected, the heat exchanger effectiveness correlates positively with the particle diameter for the case of unmixed beds, rising from 3.5% at d = 10 -6 m to 26.7% at d = 10 À3 m. The relatively large increase in effectiveness is due to the enhancement of radiation heat transfer 
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Perf. Mix. in the beds. A requirement for this result is the high temperatures prevalent in the heat exchanger, which lead to the dominant radiation term. At lower temperature levels, the increase of particle diameter would thus have a lower influence on the heat exchanger effectiveness. For the case of perfect mixing, however, heat exchanger effectiveness falls from a value of 84% at d = 10 À6 m to 74% at d
= 10
À3 m, as the heat exchange at the surface of wall and bed is inhibited by a growth of the particle diameter. A larger particle diameter may on the other hand also have a negative influence on the operability of the solar reactor through a larger gas cross-over from the oxidation to the reduction zone: due to thermodynamics, oxidation is performed at atmospheric pressure and reduction at sub-atmospheric partial pressures of oxygen, which, in case of vacuum pumping, causes a pressure gradient over the particle beds. This pressure gradient leads to a constant gas stream from the oxidation to the reduction zone, which affects negatively the vacuum pumping power and the amount of oxidant required. An estimation of mass flow through the porous medium based on the Darcy law [47] shows that at particle diameters d 10 À4 m, the bed represents an effective seal. Towards larger diameters, however, a technical solution may have to be found to reduce the loss of oxidant through the particle bed. One such solution has been suggested by a multi-stage pressure reduction in multiple reduction chambers [48] .
Heat exchanger length
Under the conditions of the baseline case (Table 1 ) the axial length of the heat exchanger is varied to determine its influence on heat exchanger effectiveness. The mass flow rate of reactive material is kept constant, which gives a constant velocity of the beds. A prolongation of the axial length thus increases the total residence time of the particles in the heat exchanger and allows for a longer heat transfer period between hot and cold particles. In a regime where heat transfer is limited by heat diffusion in the reactive material, this could prove to be beneficial. However, if the length is chosen too large, losses to the environment become dominating. It is therefore expected that an optimal heat exchanger length exists, which will be shown in the following.
In Fig. 4 , heat exchanger effectiveness is shown as a function of heat exchanger length between 0.1 m and 5 m for unmixed and perfectly mixed beds. For the former, effectiveness increases with length from 11.5% at 0.1 m up to 38.2% at 3 m, before it starts decreasing. If the beds are perfectly mixed, effectiveness shows a similar progression with a very steep increase from 0.1 m to 0.6 m, a long plateau, and maximum efficiencies exceeding 80%. The size of the plateau and the gradual decrease of effectiveness indicate that losses to the environment become significant only towards large heat exchanger lengths.
The optimum length and the achievable heat exchanger effectiveness depend on the chosen parameters of the system, e.g. the dimensions of the beds, the particle diameter, residence time, or temperatures entering the heat exchanger. The results shown in Fig. 4 are therefore strictly valid only for the chosen parameters and the assumed boundary conditions.
Residence time in heat exchanger
The residence time of the particles is varied at a constant length of the heat exchanger. On the one hand, longer residence times allow a longer heat exchange period between the hot and cold material. On the other hand, losses to the environment and due to axial heat transfer become more important for longer residence times. The optimal residence time is thus found as a trade-off between these two mechanisms.
Heat exchanger effectiveness is shown as a function of total residence time of the particles in the heat exchanger in Fig. 5 . For unmixed beds, heat exchanger efficiencies rise up to 37.0% at a residence time of about 1500 s and decrease thereafter, while at perfectly mixed beds, the maximum of 79% occurs already at 725 s. The active mixing of the particle beds distributes the heat and eliminates the limitation by heat diffusion, which is seen in the case of unmixed beds. Therefore the maximum of effectiveness Heat exchanger effectiveness as a function of particle diameter for the cases of no mixing and perfect mixing of the particle beds.
is reached at a shorter residence time. If the optimum residence time is exceeded, effectiveness decreases due to losses to the surroundings by convection and radiation from the heat exchanger surface and due to axial heat transfer in the beds. In general, the solar power input to the reactor is directly coupled to the mass flow rate of reactive material and therefore to their residence time in the heat exchanger. This implies that the residence time can be used as a parameter to maximize effectiveness for a given heat exchanger geometry for a varying solar power input over the course of a day or for passing clouds.
Radial dimensions of heat exchanger
The radial thickness of the hot particle bed is varied between 0.002 m and 0.05 m, while the cold bed thickness is adjusted accordingly to conserve mass flux under the assumption of equal and constant bed speeds. The assumption of equal bed velocities is equivalent to equal residence times of the particles in the hot and cold section of the heat exchanger, respectively, which is 360 s in the baseline case (see Table 1 ). A change in bed diameters changes the bed volumes, which, at constant bed velocities, changes the mass flow rate of reactive material. At otherwise constant conditions of the reduction reaction, i.e. temperature and pressure, the solar power input is proportional to the mass flow. Increasing the diameter of the hot particle bed therefore requires a proportionally larger solar power input to retain the defined level of reduction of the material. In Fig. 6 , the heat exchanger effectiveness is shown as a function of hot bed diameter. In case of unmixed beds, the maximum of effectiveness is reached for a reduction of the bed thickness towards the lowest value of 0.002 m, which is equivalent to two particle diameters in the baseline case. A limitation of Eq. (5) of D/d > 2 [33] precludes the calculation of even smaller bed geometries. As can be seen for the case of perfect mixing of the beds, effectiveness reaches a peak value close to the smallest bed diameter and decreases towards even smaller diameters because losses to the surroundings become significant. As the surface-to-volume ratio of a cylinder is inversely proportional to its radius, a decrease in radial dimensions will increase the relative weight of losses to the surroundings. Equivalently, it is expected that below the smallest analyzed bed thickness the effectiveness of the unmixed case decreases due to losses to the surroundings.
An increase of the radial dimensions of the particle beds leads to a decrease of heat exchanger effectiveness from a value of about 55% (no mixing) and 73% (perfect mixing) at d hot bed = 0.002 m to 7% and 47% at d hot bed = 0.05 m. The reason for the decrease in effectiveness is the addition of mass, which cannot be heated as efficiently. In case of the unmixed beds, the limitation occurs due to the thermal conductivity of the beds and in case of the perfectly mixed beds due to the heat transfer at the beds' surface. Mixing of the beds allows a significantly higher effectiveness because the heat transfer at the beds' surface is larger than in the beds.
In order to reach high efficiencies in the heat exchanger, the dimensions of the particle beds in radial direction have to be chosen according to the length of the heat exchanger, the residence time of the particles, and their entry temperatures into the heat exchanger. Here, only the particle bed diameters were varied at otherwise constant conditions to study their influence on the heat exchange process. It is however possible to adjust the other parameters accordingly, especially residence time, to counterbalance the effect of additional mass in the heat exchanger. The magnitude and the location of the maximum effectiveness can therefore be shifted depending on the other system parameters.
Conclusions
For the production of syngas with solar thermochemical cycles, the implementation of heat recuperation is imperative for the achievement of higher efficiencies. Particle reactor concepts have been suggested due to several advantages such as higher flexibility and heating rates, resistivity to thermal shocks, or new heat recuperation concepts. This study presents a generic model of a particle heat exchanger for thermochemical cycles, where heat is transferred from a hot particle bed to a counter-flowing cold bed in a concentric double-walled geometry. The particles travel in moving beds, i.e. the reduced ones move downwards in the inner tube and the oxidized ones in counter-flow in the outer tube, where a solid wall ensures separation of the atmospheres. The model describes the heat exchange between the particle beds, where the conductivity of the beds and the heat transfer coefficients between the beds and the separating wall are expressed with established models in the literature. As the radial mixing of the beds has a significant influence on the heat exchange, both cases of radially unmixed and perfectly mixed beds (perpendicular to the bed movement) are analyzed, which gives a lower and an upper boundary for the heat exchanger performance.
From the variation of different parameters, recommendations for the heat exchanger design are deduced. An increase of the inlet temperatures leads to an enhanced heat transfer between the beds due to the improved heat transfer coefficients and thermal conductivities. The influence of the particle size depends on the mixing of the beds: a larger particle diameter reduces the heat transfer coefficient at the surface of the beds but increases the thermal conductivity through its radiative component. For unmixed beds, the main limitation to heat transfer occurs in the beds and thus a larger particle diameter enhances overall heat transfer. For perfectly mixed beds, the reduced heat transfer at the bed surface leads to a decreased overall performance. However, a larger particle diameter also increases the gas cross-over from the oxidation to the reduction chamber in case of vacuum pumping. Up to particle diameters of 10 À4 m, the particle bed represents an effective seal, where for larger diameters technical solutions may be necessary to reduce the gas mass flow through the bed. The analysis of heat exchanger length, residence time of the particles in the heat exchanger, and radial dimensions of the beds shows that optimal values for each parameter can be found, which depend on the other system parameters. Heat exchanger eff over 50% are possible for unmixed beds and over 80% for perfectly mixed beds, given a favorable design of the device. For the further development of two-step solar thermochemical cycles, heat exchangers are required to recuperate heat and thus to enhance effectiveness. With respect to the recently discussed reactor concept of moving particles, the presented model serves as a valuable tool for the derivation of heat exchanger effectiveness and for its optimal design.
A fundamental characteristic of the thermal energy transfer from a wall to an adjacent bed of particles is a large temperature step between the wall and the first particles in the bed, and a further more moderate temperature gradient inside of the bed of particles. The heat exchange is therefore determined by (i) heat transfer at the boundary of the wall and the particle bed (described by the heat transfer coefficient a ws ) and (ii) heat transfer in the particle bed (a sb ). The heat transfer coefficient from the wall to the bed of particles a ws is comprised of the contributions for heat transfer between wall and a single particle, between wall and gas phase, by radiation, and by direct contact between the wall and the particles.
U A is the plate surface coverage factor of the particles, a wp is the heat transfer coefficient between the wall and a particle, k G is the continuum heat conductivity of the gas, d is the particle diameter, l is the modified mean free path of the gas molecules, d is the roughness factor of the particles, a rad is the heat transfer coefficient for radiation, and a dir is the heat transfer coefficient for direct contact of particle and wall.
a wp is defined as where R is the ideal gas constant, M is the molecular mass of the gas, T its temperature, g vis its dynamic viscosity, and p its pressure. c is the accommodation coefficient, which is derived with log 1
where C is 2.8 for air and this value is also chosen for oxygen due to lack of experimental data [49] [50] [51] .The radiative heat transfer coefficient is a rad ¼ 4r
where r is the Stefan-Boltzmann constant, e wall is the emissivity of the wall, and e bed is the emissivity of the bed of particles.
The contribution from the direct contact of particles and wall is
where a is the diameter of the contact surface area of particle and wall in case the particles are not perfectly spherical, d is the particle diameter, and k s is the thermal conductivity of the particles. For the ratio a=d, a value of 3 Â 10 À4 is chosen [31] .
Assuming a constant wall temperature and a moving bed of particles, the time averaged heat transfer coefficient for the penetration of heat from the bed surface into the bulk is expressed after [31] with the density q, the heat capacity c p and the thermal conductivity k, each referring to the bed of particles and evaluated at the mean bed temperature, and the contact time t. Here, for simplification, the arithmetic mean temperature of the bed is chosen instead of the calorific mean temperature. For a moving bed and an isothermal wall, the contact time is equal to the total residence time of the particles on the wall L/v, with the length of the wall L and the velocity of the particles v. However, for the case of the double-walled heat exchanger, the wall cannot be assumed to be isothermal and a different contact time has to be used. When the cold bed enters the heat exchanger, the particles have a uniform temperature of T L , which increases while the particles rise, until it reaches its final temperature at the exit of the heat exchanger. When the bed is isothermal, a sb ? 1 and the overall heat transfer coefficient is equal to a ws (see Eq. (4)) [31] . After a critical time, a sb < a ws , and the heat transfer is limited by the resistance from bed surface to the bulk material of the bed. For both hot and cold beds, the overall heat transfer coefficient a will therefore have a high value of a ws at the entrance of the heat exchanger (t % 0), which drops to lower values along the axial length (t > t crit ). As the particles in each of the beds move with the same velocity along the wall, the contact time between particle beds and wall is therefore chosen such that t = m Â Dt num , where Dt num is the residence time of the particles in each of the numerical layers and m is the index of the layers. As the time averaged expression for the heat transfer coefficient is used instead of the unknown momentary value, a slight inaccuracy is introduced, however the deviation between the values is very small [31] . The thermal conductivity of the particle bed is expressed with
k bed is the thermal conductivity of the bed of particles, k f that of the fluid in-between the particles, u is the porosity of the bed, w is the flatness coefficient of the particles, and k G , k rad and k c are the thermal conductivity of the gas including the effect of pressure dependence, the radiative conductivity, and the thermal conductivity of the core of the unit cell, each relative to the fluid thermal conductivity. The pressure dependence of the particle bed is included, which reflects the decrease of thermal conductivity with pressure according to the Smoluchowski effect [32] . ; ðA:12Þ
ðA:15Þ
l is the modified mean free path of the gas molecules and is calculated after Eq. (A.3), d is the particle diameter, e is the particle emissivity, u is the porosity of the bed, C f is the form factor of the particles, which has to be determined experimentally and which is 1.25 for spherical particles [32] , and k p is the thermal conductivity of the particles relative to the fluid conductivity. Eqs. (A.10)-(A.15) are then used in Eq. (A.9) to derive the thermal conductivity of the particle bed.
Appendix B. Comparison of model with experimental data
In order to demonstrate the validity of the chosen approach of modeling the heat transfer between moving beds of particles, partial results of the model are compared to experimental results in the literature for the thermal conductivity of the particle bed k bed , the overall heat transfer coefficient between wall and bed of particles a [31] , and steady-state temperature profiles of a packed bed of particles contained in a double-walled tubular geometry [52] . Results from the model compare well with the literature data, where an exemplary result is shown in the following for the temperature distribution in a particle bed.
In order to allow the comparison of heat transfer coefficients and thermal conductivity of the bed at the same time, the experiment described in [52] is modeled and experimental and theoretical values are compared.
In [52] , a packed bed of glass beads is used, which is contained between a stainless steel tube and a Carborundum electric heater held in a coaxial silica tube.
In Fig. A1 , the modeled temperatures are compared with the experimental data from [52] . The general temperature progression in the particle bed is predicted correctly by the model. In the experiments, the functional dependence of temperature on particle diameter is slightly stronger, however, in the model the trend of decreasing temperatures with smaller particles is captured correctly. The authors state that a steady state is reached in the experiment without giving the exact contact time, where, in the model, a contact time of 3000 s between the particle bed and the surrounding walls is found to represent the results best. An insulation thickness of 1 cm is chosen as the exact value could not be found in the description of the experiment. The density and the specific heat capacity of the fire brick insulation is taken from [53] and its thermal conductivity from [29] . The effective density of the bed is taken to be 1500 kg m -3 [54] . Considering that not all of the experimental conditions and material properties are known, the results from the computational model match well with the experimental data in [52] . [52] . The difference of the computational and experimental values is partly explained by deviating material properties and unknown experimental conditions, which could not fully be represented by the model.
